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An investigation of Solids Distribution, 

Mixing, and Contacting Characteristics 

of Gas-Solid Fluidized Beds 
M. M. EL HALWAGI and ALBERT GOMEZPLATA 

University of Maryland, College Park, Maryland 

This two-part series describes an integrated experimental investigation. The first part is con- 
cerned with the determination of axial and radial solids concentration profiles a t  different 
superficial gas velocities for three columns having I.D. of 2.5, 6.5, and 9.5 in. respectively. The 
second part i s  concerned with steady state point source gas tracer experiments carried out in 
the 9.5-in. column and in which the tracer concentration was measured at  different radial 
positions above and below the injection source at  various gas velocities Both parts are com- 
plimentary to each other for describing the internal flow behavior of the gas-solid fluidized 
system. 

PART I. STUDY OF SOLID CONCENTRATION 
PROFILES IN A GAS-SOLID FLUIDIZED BED 

Despite the widespread use of gas-solid fluidized beds, 
many of their fundamentals are still poorly understood. 
In recent years, it has been realized that in order to 
achieve the desired understanding of the phenomenon 
of gas-solid contact in fluidized systems, the approach of 

M. M. El Halwagi is with the National Council of Research, Cairo, 
Egypt. 

determining the overall characteristics of the system has 
to be replaced by a more fundamental approach based on 
the measurement of the variation of the properties from 
point to point within the system. Such an approach was 
followed throughout this work. 

The first part of this investigation was concerned with 
the study of time-averaged solids distribution of different 
diameter fluidized beds with the gamma ray attenuation 
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technique used. At the conclusion of this phase of work 
it appeared that the results of this part, combined with 
further information from suitable gas tracer experiments, 
and when interpreted in terms of the two-phase flow con- 
cept, would lead to the evolution of a truer picture of 
the internal flow behavior of the system and to an esti- 
mate of the extent of gas back-mixing and the effectiveness 
of contact between the two phases. Conse uently, steady 
state gas tracer experiments were performe 2 in the second 
part to evaluate this possibility. 

PREVIOUS WORK 

Several workers have studied fluid bed density and its 
variation with system conditions. Matheson et al. (22)  
calculated the bed density from pressure drop measure- 
ments over a finite height of the bed, and the density 
was found to decrease with increased gas velocity. Grohse 
(17) measured bed densities b means of an x-ray absorp- 

plate, a multiorifice plate, and a screen. For the porous 
plate the density was found to be remarkably constant 
over the entire bed, while for the other plates the density 
pattern was quite irregular, exhibiting the highest density 
at the bottom of the bed. 

BarthoIomew and Casagrande ( 5 )  and Hunt et al. 
(19) used a gamma ray absorption technique to measure 
radial solids distribution at one elevation of vertical 
catalyst risers in fluid cracking units. In both studies solids 
concentration was generally found to increase from the 
center radially to the wall. 

Bakker and Heertjes (2 ,  3) ,  using a capacitive probe 
technique, measured the time-averaged porosity distri- 
butions in a small (9-cm. diameter) gas-fluidized bed, and 
they identified three regions: the sieve or entry section of 
decreasing porosity from the bottom of the bed, a middle 
zone porosity extending to the prefluidized bed height, 
and the top zone of continuously increasing porosity. They 
pointed out, however, that the capacitive method they 
used has the disadvantage of introducing an alien body 
in the bed which may thus disturb the internal flow be- 
havior. 

Fan et al. (11) measured the axial average density 
profiles using a gamma ray attenuation technique, and 
reported two distinct density zones: a relatively constant 
zone in the lower portion of the column and a rapidly 
decreasing zone at the top portion of the column. They 
empirically correlated their average density results in the 
lower portion of the column with the gas velocity and 
solids particle size. 

Grek and Kisel'nikov (1 6) determined axial porosity 
profiles using an acoustic method and reported results 
similar to those of Bakker and Heertjes ( 2 ) .  The authors 
were mainly concerned with development and validity of 
the method (which is based on the absorption of sound 
waves), and therefore only outlined a few representative 
results. 

tion technique using three di J erent distributors: a porous 

THE GAMMA RAY ATTENUATION TECHNIQUE FOR 
MEASURING SOLIDS DISTRIBUTION 

The gamma ray attenuation technique has the im- 
portant advantage of measuring phase concentrations ex- 
ternally without disturbing the internal flow behavior of 
the system. 

For a gas-solid fluidized system it has been shown ( 5 )  
that if the absorption of radiation by the gas is neglected, 
the mean solids concentration D, over a chosen path of 
length L can be calculated and is usually expressed as a 
ratio of the bulk density Db. 

Once the mean path concentrations are determined over 
a large number of paths covering the cross section of the 

bed as completely as possible, solids point distribution can 
be determined by assuming a polynomial function for the 
point concentration distribution, and then determining the 
polynomial coefficients from the measured mean 
concentrations (10). The calculations were made witfa:: 
IBM 7094 computer. 

EQUIPMENT AND MATERIALS 

Fluidization Equipment 
The fluidization assembly consisted of a vertical Plexiglas 

cylindrical column provided with a gas distributor and con- 
nected to a polyethylene funnel used for air inlet, a source of 
air, a rotameter, and a pressure gauge for measuring the air 
flow rate and its pressure. 

Three columns with I.D. of 3.5, 6.5, and 9.5 in. were used in 
conjunction with the solids distribution measurements. Porous 
plate distributors were utilized in most of the work. An addi- 
tional multiorifice plate was used with the 5.5-in. column. To 
ensure uniform air distribution with this multiorifice plate, it 
was designed such that the pressure drop through it, at the 
lowest velocity used (0.1 ft./sec.), was approximately equal to 
that through the porous plate at the same velocity. 

Gammo Ray Equipment 
The equipment used for measuring solids concentration by 

the gamma ray attenuation technique consisted of a 5-mc. Cs137 
source, a collimated scintillation detector, a single-channel 
gamma ray spectrometer, and a positioning table which could 
be moved vertically and on which positioning tracks for both 
the source and the detector were made. 

Materials 
The powder used in most of the experiments was silica-alu- 

niina cracking catalyst with a settled bulk density of 42 Ib./cu. 
ft. and a minimum fluidization velocity of about 0.02 ft./sec. 
A few solids concentration profiles were obtained for an iron 
oxide catalyst with a settled bulk density of 170 Ib./cu. ft. and 
a minimum fluidization velocity of about 0.03 ft./sec. 

EXPERIMENTAL MEASUREMENTS AND PROCEDURE 

The base, window, and the operating voltage of the single- 
channel analyzer were adjusted to peak counting to eliminate 
errors due to scatter radiation. Experiments indicated axial 
symmetry, and therefore measurements were only obtained for 
half the column at the relative radial positions ( r / R )  of: 0, 
0.2, 0.4, 0.6, 0.8, and 0.9, and at various levels above the 
distributor. 

Four count rate measurements were necessary to determine 
the mean solids concentration over each path: a referepce count 
rate measurement with an empty column, an empty column 
count rate, a full nonfluidized bed count rate, and a fluidized 
bed count rate. The reproducibility of the data was found to 
be within 2 3  % . 

RESULTS AND DISCUSSION 

Typical time average solids concentration profiles are 
shown in Figure 1 for the 0.5-in. column at an air velocity 
of 0.3 ft./sec. and at different heights with porous plate 
distributor used. Similar profiles were obtained for all the 
columns under the investigated operating conditions. The 
shown radial profiles exhibit the highest concentration at 
the wall and the lowest at the center, and they tend to 
be flatter near the bed distributor. Examination of the 
axial variations indicates the presence of three distinct 
axial zones which were reported previously by Bakker 
and Heertjes ( 2 )  : the first region is adjacent to the bed 
distributor, a following fully developed region exhibiting 
constant solids concentrations and reaching to about the 
initial fixed bed height, and a third region extending to 
the top of the bed and in which solids concentration de- 
creases sharply with height. These regions are indicated in 
Figure 2 for runs made with a 6.5-in. column with the 
use of a porous plate. 
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The characteristics of the first re ion seem to be de- 

ge demonstrated by comparing the solids concentration 
profiles in this region using a multiorifice plate to those 
obtained with a porous plate under similar conditions 
(Figures 1, 3, and 4).  

These differences are probably the result of the initial 
size and velocity of the bubbles as they form at the dis- 
tributor. A porous plate is known to be the best available 
kind of distributor from the standpoint of the small size 
of bubbles formed which leads to a smooth and ood 
expansion. Bubbles forming from the multiorifice ?ate, 

which would not result in as good an expansion close to 
the plate, and therefore the first few inches would appear 
not to be completely fluidized and merely serve as an 
extension to the distributor. 

The second fully developed region seems to be a basic 
stable zone in as-fluidized beds constituting a large por- 

of the attention in this work has been focused on its 
study. The characteristics of this region were found to be 
independent of the initial fixed bed height, which was 
varied from one to three column diameters. The effects 
of column diameter and gas velocity can be seen by ex- 
amining Figure 5. Radial profiles were flatter with in- 
creasing bed diameter and decreasing air velocity. The 
existence of higher solids concentrations in the wall region 
supports the usual1 reported visual observation that solids 

indication that such a concentration profile will always 
persist even for very largc column diameters. The decrease 
in solids average concentration in this region with increas- 
ing superficial air velocity is illustrated in Figure 6, and 
shows that it is independent of column diameter within 
the experimental accuracy. 

Profiles obtained with an iron oxide catalyst used in- 
dicate that similar distribution atterns are valid for 

obtained for an air-water two-phase system and show a 
similarity to a fluidized s stem. 

region, results from elutriation of solid particles by the 
movement of the bubbles before breaking from the surface 
and thus will increase in size at higher gas velocities, as 
can be seen in Figure 2. Only a few indicative profiles 

endent on the type of the gas distri % utor used. This may 

on the other hand, are probably larger in size and P aster, 

tion of the soli i s mass in the bed, and consequently most 

flow down the wal  r and up the center, and it gives an 

aggregatively fluidized beds. A B ew profiles were also 

The thud region, whic 1 may be called the dilute phase 
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region. 

were determined in this region because of the poor ac- 
curacy of the gamma ray attenuation technique in regions 
of low solids concentrations. 

A SIMPLIFIED MIXING LENGTH MODEL FOR 
PREDICTING SOLIDS DISTRIBUTION 
IN THE FULLY DEVELOPED REGION 

A particulately fluidized bed is characterized by uniform 
solids distribution with no radial gradients. On the other 
hand, an aggregatively fluidized bed, as shown b the 
results of this work, exhibits considerable radial raJents, 
indicating a nonuniform bubble distribution. T f ese con- 
centration gradients are caused by the presence of gas 
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bubbles, and consequent1 a reasonable correlation should 

Recently much support has been given to the two-phase 
theory of fluidization and to the similarity between the 
behavior of large gas bubbles in liquids and bubbles in 
fluidized beds (8). Because of this similarity and because 
of the relative simplicity and reasonable success of the 
mixing length model in the prediction of density distribu- 
tion in gas-li uid systems (4, 2 1 ) ,  the model proposed 

the treatment of the aggregatively fluidized bed as being 
composed of two constant density phases, namely, the 
bubble and dense phases. 
Model Formulation 

then the time-averaged 

the gas is given by 

be based on some sort o Y a simplified bubble model. 

here will be B ased on Prandtl mixing length theory and 

If a is the local time-averaged bubble volume fraction, 
oint density of the two-phase 

mixture when the dense p K ase density is much larger than 

The instantaneous point density can vary from the dense 
phase density to the gas density, depending on whether 
a bubble is passing throu h this point at this instant. Ac- 

ponent D' is directly proportional to the time-averaged 
point bubble volume fraction. If one further assumes that 
the Prandtl mixing length relation holds for the density 
fluctuations, then 

cordingly it is assumed t k at the fluctuating density com- 

Differentiating ( 1)  and substituting into (2), one obtains 

Gh ds - = N -  
a S 

where 

Integrating with a = ac at s = 1, we get 

a 

a.2 

-'# (3) 

The exponent N in Equation (3) was calculated by the 
least squares method for the three columns. The relative 
void fraction for a given column diameter can be char- 
acterized by a single value of N :  0.75 for the 3.5 in I.D., 
0.60 for 6.5 in I.D., and 0.52 for 9.5 in I.D. 

A typical comparison of experimental vs. predicted bub- 
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ble volume fraction in the 9.5-in. column at a gas veloc- 
ity of 0.3 ft./sec. is shown in Fi ure 7. 

of larger column diameters and different powders before 
a final comprehensive correlation is obtained. 

More extensive work is neede 8 to investigate the effect 

AVERAGE BUBBLE VELOCITIES AND 
EQUIVALENT DIAMETERS IN THE FULLY 
DEVELOPED REGION 

Recent work on bubble motion and characteristics in 
gas-fluidized beds (25 to 27, 30, 8) has indicated that the 
average bubble velocity and diameter are two related and 
useful parameters in characterizing the internal flow be- 
havior of the system. The average bubble velocity can be 
calculated directly from experimental data, whereas the 
average bubble diameter can only be determined indirectly 
from the calculated bubble velocity, utilizing a literature 
proposed relationship. 

The average bubble velocity is given by 
- 
v b =  (u-uo) /g  

Values of v b  were calculated and plotted in Figure 8 for 
the three columns at different gas velocities, and could be 
presented within the experimental accuracy by a single 
curve. 

An expression for the absolute bubble rising velocity 
(vb) in terms of equivalent bubble diameter (D,) is given 

TABLE 1. AVERAGE BUBBLE VELOCITY AND EQUIVALENT 
DIAMETER IN THE FULLY DEVELOPED REGION 

Solid used: Silica-alumina cracking catalyst 
Distributors: Porous plates 

Column diameter, in. 
9.5 - 6.5 - 3.5 - 

U, vb, De, v b ,  De, vb, De, 
ft./sec. ft./sec. ft. ft./sec. ft. ft./sec. ft. 

0.1 1.0 0.053 1.0 0.053 0.89 0.041 
0.2 1.64 0.13 1.64 0.13 1.64 0.13 
0.3 2.16 0.22 2.33 0.26 2.33 0.28 
0.4 2.72 0.34 2.53 0.29 2.72 0.34 

- 2.67 0.30 - - 0.5 - (4.1 in.) 
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by Davidson and Harrison (8) as 

T jb=  ( u - u ~ )  + 0.711 (gDe)1’8 
This expression was derived for single bubbles rising in 
an inviscid liquid, and were confirmed experimentally in 
incipiently fluidized beds by observing the time interval 
between the injection of a bubble of known volume at 
the base of the bed and its arrival at the surface (9). 

Values of D, were calculated from the corresponding 
v b  values and both are given in Table 1 for the three 
columns at different gas velocities. 

It may be observed that De for the 3.5-in. column at 
0.4 ft./sec. superficial gas velocity is slightly larger than 
the diameter of the column. This could not be true, par- 
ticularly because slug %ow was not noticed in any experi- 
ment. Therefore it seems that the predicted equivalent 

bubble diameter is somewhat larger than the actual bubble 
size. 

CONCLUSIONS 

From the standpoint of solids distribution, an aggre- 
gatively fluidized bed consists of three axial zones: a 
distributor zone whose characteristics are dependent on 
the type of distributor used, a middle fully developed 
zone extending to the initial fixed bed height, and a dilute 
phase zone occupying the top portion of the bed and 
exhibiting a sharp decrease in solids concentration. 
Radially, solids concentration is highest at the wall and 
lowest at the center. 

The relative void fraction distribution for each column 
diameter can be characterized by a single value of N in 
the equation L Y / L Y ~  = SN based on a mixing length model. 

PART I I .  STUDY OF GAS MIX ING PATTERNS 

In this part of the work an attempt was made to utilize 
the solids distribution results obtained in the first part, 
together with steady state gas tracer experiments, to evalu- 
ate the extent of gas back-mixing and the contacting char- 
acteristics of the fluidized system. The experiments were 
carried out in the 9.5-in. column and were restricted to 
the axially fully developed density zone. 

PREVIOUS WORK 

A few gas mixing and residence time studies with tracer 
techniques used have been reported. Gilliland and Mason 
(12, 13) studied gas mixing and residence time distribu- 
tion in two studies using 1- to 3-in. diameter beds. In the 
first helium tracer was enerally injected at the center 

positions above and below the source by a gas density 
balance, Their results indicated that the radial tracer pro- 
files were fairly symmetrical and that the upstream profiles 
indicated some backmixing. In the second study, gas resi- 
dence time distribution was measured by means of pwge 
studies in which the concentration of the exit gas was 
measured as a function of time after the helium tracer 
injection was stopped, and they found that the system 
approximated complete mixing. 

Other investigators studied gas residence time distribil- 
tion in large commercial units and in Iaboratory units 
(1, 7, 18, 20, 24) ,  and their results in general confirmed 
the findings of Gilliland and Mason. Van Deemter (291, 
using the work of May ( 2 4 )  as a basis derived expressions 
for gas back-mixing and residence time distribution for a 
two-phase flow model, in which he showed that the gas 
eddy diffusivity of the dense phase, and the rate of mass 
transfer between the two phases, can be determined from 
tracer studies. 

of the bed and gas samp P es were analyzed from different 

EQUIPMENT FOR THE GAS TRACER EXPERIMENTS 

Tracer experiments were performed in the 9.5-in. column. 
Helium was employed as the tracer gas and was injected at a 
fixed level of 18 in. above the porous plate distributor. 

Injection and sampling tubes could be moved radially from 
the center to the wall of the column. Sampling tubes were lo- 
cated at various elevations at one inch intervals. These were 

1/16-in. brass tubes whose front end was sealed and 1/32-in. 
holes were drilled in their walls near the front end. The holes 
were covered from inside with cotton filters. 

Samples were analyzed with a thermal conductivity cell 
whose signal was recorded continuously with a Brown recorder 
having a full scale reading of 1 mv. 

Procedure 

1. The bed was fluidized at the required superficial gas 
velocity. 

2. The injection tube was inserted in the bed at the re- 
quired radial position. 

3. The tracer flow rate was adjusted to the required level. 
The helium injection rates used were in the range of 0.01 to 
0.045% by volume of the total air flow rates. 
4. Axial concentration traverses were then made by adjust- 

ing the sampling tubes in the positions required, one at a time. 
Samples were continually analyzed for about 10 min. so that a 
reproducible time-averaged response could be obtained. 

5. When radial concentration traverses were required, the 
sampling probe was moved to the required radial positions. 

RESULTS OF THE GAS TRACER EXPERIMENTS 

Complete data of the gas tracer experiments are given 
elsewhere (10). The reproducibility of the time-averaged 
Concentration data was determined by frequent repetition, 
and it was found to be within f 10%. 

Data were obtained only in the fully developed region 
of the 9.5-in. column and therefore the zone close to the 
distributor and that at the top of the bed were not con- 
sidered. The position of the injection tube above the dis- 
tributor was fixed in all the experiments and thus the effect 
of tracer injection at different elevations in the bed was 
not studied. 

General Description of the Tracer Concentration Traverses 
Axial Profiles. Axial tracer concentration traverses above 

and below the injection point and along the same longitudi- 
nal axis will be referred to as the axial profiles. Typical 
axial profiles are shown in Figures 9 and 10 along the 
center and in the neighborhood of the wall (4 in. from 
the center) for two gas velocities of 0.1 and 0.4 ft./sec. 
Tracer concentrations were all evaluated in terms of the 

AlChE Journal May, 1967 Page 508 



ratio c/C,. In this ratio C, is the volumetric rate of helium 
divided by the volumetric air rate, and represents the 
composition of the completely mixed or outlet gas, whereas 
c is the local sampled helium concentration. 

Examination of the axial tracer data indicated the fol- 
lowing observations. In the central core, downstream con- 
centrations were high in the vicinity of the injection point 
and diminished rapidly to approach the completely mixed 
concentration within the first 4 in. Below the injection 
point, tracer concentrations were appreciable. They were 
relatively higher than the downstream concentrations at 
low gas velocities, but decreased gradually with increasing 
gas velocity. 

In the wall region the upstream tracer concentrations 
were very substantial. The downstream concentrations 
were generally low and approached the completely mixed 
concentration within the first few inches above the injec- 
tion point. 

Radial Profibs. Typical radial concentration traverses 
are shown in Figures 11 and 12 for a superficial gas 
velocity of 0.2 ft./sec. with injection at the center and 
in the neighborhood of the wall (4 in. from the center). 
The following observations may be deduced from the 
radial traverses results. Radial profiles were generally 
skewed, and the degree of skewness was more pronounced 
for the profiles obtained in the wall region. Concentration 
peaks occurred above and below the injection oint and 

centrations were generally confined within a 1- or 2-in. 
radius around the injection axis, whereas the rest of the 
concentrations approached the completely mixed gas con- 
centrations. 

very closely along the injection axis. The hig R est con- 

3 2 0  

300 

280 

2 6 0  

2 4 0  

220 

2 200 

g 180 

- e 

0 0 

$ 160 
L 

5 140 

t 

L 

0 

- 
go 120 

D O  

8 0  

60 

4 0  

2 0  

0 

8C 

70 

60 

.I! 50 - 
0 
0 

0 

8 4 0  
D 
0 

L 
0 - 
t 
go 30 

20 

10 

0 

---- I I I I 

BELOW 

, 

0 U.O.ItPS 
0 U'0 .4fPS 

ABOVE 

\ 

-6 -5 -4 -3 - 2  -1 0 I 2 3 4 

*,DISTANCE FROM THE INJECTION POINT, inches 

Fig. 9. Axial tracer concentrations along the center. 

I I I I 
I I 

I I I I I I f l  .P A 

i 
i 

z 

W 

:I 
I 

I 

1 u.0.1fPS 
0 q= 0.4fPS 

-6 - 5  - 4  -3 - 2  -I 0 I 2 3 4 

*,DISTANCE FROM THE INJECTION POMT. I n c h 8  

Fig. 10. Axial tracer concentrations near the wall (4 in. from center). 

U' 0.2 fPS 
:enter injection 

0 I'obove source 
0 2"abovs 
A 1"below 
A 2'below 

r. RADIAL POSITION , inches 

Fig. 11. Typical concentration profiles with tracer injection at the 
center. 
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Discussion and Interpretation of the Tracer Concentration 
Truverset 

It  is felt that measured tracer concentrations are repre- 
sentative of the gas in the dense phase with very little 
or negligible sampling from the bubble phase. 

First, the vertical bubble phase velociti is much larger 
than that of the dense hase gas, and t erefore its resi- 

able that samples are preferentially ta en from the dense 
phase gas. 

experiments, a simple test 
was made to examine the vasdity of the assumption. The 
bed was kept at minimum fluidization with no apparent 
bubbles seen from the top and then the tracer was in- 
jected in single bubbles. The samples obtained above 
the injection point exhibited very little tracer concentra- 
tion. This indicated that no sampling was made from the 
bubble phase, which in this case presumably contained 
all the tracer injected. 

Tracer Transfer at the Injection Point. The mode of 
tracer transfer to the dense phase at the injection point 
is quite similar in nature to that occurring at the bed 
distributor which has been postulated by several investi- 
gators to account for most of the gas exchange between 
the dense and bubble phases. Consequently, examination 
of the extent of tracer transfer at the injection point should 
yield some information in this respect. 

The fraction of the tracer injected into each phase 
would be ideal1 dependent upon the volume fraction 

a dence time is much sma P ler. Accordin ly, it is most prob- 

Second, in the preliminar 

occupied by eac B phase. Therefore, near the column wall 

where very little or no bubbles exist, most of the tracer 
will be injected directly into the dense phase. Around 
the center, on the other hand, the tracer would be dis- 
tributed between the two phases, and the amount injected 
into the dense phase would generally decrease as the gas 
velocity is increased. I t  may be also noted that the fraction 
transferred to the dense phase will increase if a degree 
of defluidization occurs in that phase, which has been 
actually observed to occur above obstruction surfaces 
inserted into a fluidized bed (14) .  

An indication of the fraction of the tracer injected into 
the dense phase can be obtained by extrapolating the up- 
stream tracer concentrations to the injection point. Some 
values of the tracer concentration at the injection point 
calculated in this way are given in Table 2. These values 
and their trend are consistent with what was expected from 
the known volume fractions as indicated in the previous 
paragraph. 

Tracer Distribution in the Wall Region. The wall region 
is characterized by a low bubble void fraction and consists 
mostly of heavy particle aggregates moving predominantly 
downward. Consequently, one would expect appreciable 
tracer concentration below the injection point. On the other 
hand, the concentrations above the injection point will 
generally be low, and will depend upon the amount of the 
tracer injected into the bubbles, bubble frequency, and the 
rate of mass transfer between the two phases. The results 
are in close agreement with these expectations. 

Tracer Distribution in the Central Core. The central 
core of the bed is characterized by a large number of 
bubbles, and a dense phase with a net upward velocity 
consisting of aggregates whose size and lifetime are de- 
pendent on the bubble frequency. According to this pic- 
ture, high tracer concentrations prevail above the injec- 
tion point, whereas much lower concentrations are 
expected in the upstream side. 

Examination of the tracer concentration profiles indi- 
cated some disagreement with these expectations. This 
is particularly so at low gas velocities where the tracer 
concentrations below the source were higher than those 
above it. This peculiar distribution indicates the existence 
of large falling aggregates at low gas velocities. These 
falling aggregates tend to trap the tracer gas and drag it 
downward with them. This leads to extensive back-mixing. 
At higher velocities, these aggregates seem to become 
smaller in size and shorter in lifetime because of the more 
frequent passage of risin bubbles. 

The occurrence of hig a concentrations and the appear- 
ance of large peaks in the radial concentration profiles 
below the injection point prove that back-mixing occurs 
both by tracer transfer from the center to the wall, where 
it is carried below the injection point, as is generally be- 
lieved, and by local downflow at each point in the bed. 
Accordingly, then, there must exist well-organized cir- 
culation patterns caused by bubbles passing. Therefore the 
assumption that back-mixing is caused by random motion 
is a questionabIe one. 

Since local downffow does occur, and since the net 

TABLE 2. c/Co RELATIVE TRACER CONCENTRATION 
AT THE INJECTION Porw 

(Extrapolated) 

Injection position 
u, ft./sec. Center 2 in. from center 4 in. from center 

0.1 110 240 
0.2 22.5 115 
0.3 10.3 24.5 
0.4 3.1 30.4 

455 
320 
a00 
190 
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as velocity in the central core is upward, then 
there s ould be a coexistent upflow of small a gregates 
associated with the bubbles and travelling at hig vertical 
velocities. These observations combined seem to indicate 
that sampling was made preferentially from the gas en- 
trained in the falling aggregates. This conclusion is sup- 
ported to a large extent by the recent findings of flow 
patterns associated with a rising bubble (26, 27, 30), 
which indicate that solid particles and entrained gas flow 
downward in streamlines around the bubble, while a 
spout of small aggregates is drifted into its wake. Accord- 
ing to this picture, sampling should be mostly representa- 
tive of the downfalling aggregates, since the upward drift 
of the small ag regates gas following the wake of the 

into the bubble. 
Such an explanation clarifies and accounts for the pe- 

culiar tracer distribution especially at the low velocities. 
Thus, the downfalling aggregates will drag a large fraction 
of the tracer leading to the appearance of appreciable 
concentration below the source. Above the injection point, 
the downfalling gas will be coming from the top of the 
bed with a tracer concentration equal to that at the 
outlet or the completely mixed concentration. Any increase 
in its concentration while approaching the injection point 
will result from mixing with the upward drift spout and 
by mass transfer with the rising bubbles. This explanation 
accounts for the relatively low downstream concentrations 
and their rapid approach to the completely mixed concen- 
tration. 

i? dense a 

bubble will ten c f  to bypass the sampler and be drifted 

FLUIDIZED BED MODEL 

Several models have been proposed in the literature to 
characterize the flow behavior of fluid beds for the ultimate 
purpose of predicting the extent of heterogeneous reac- 
tions. All these models are based essentially on the two- 
phase flow concept which regards the fluidized system as 
consisting of a dense phase, agitated by fast rising bubbles 
which exchange gas with the dense phase as they rise. 
The degree ‘of complexity of these models varies consid- 
erably, depending on the number of parameters included. 

The most complicated model, by Van Deemter; does not 
account for axial and radial variations in phase properties. 
The model described here is an extension of Van Deemter’r 
model taking into consideration axial and radial variations. 

I t  assumes that the fluidized bed is composed of two 
phases; that the dispersed phase gas travels in plug flow; 
that the continuous exchange of gas between the two 
phases can be characterized by means of a mass transfer 
coefficient; that the continuous disintegration and coales- 
cence of particle aggregates impose a random motion on 
the dense phase gas, which can be described with the aid 
of an eddy diffusivity; and that radial and angular eddy 
diffusion or mixing effects are negligible compared to 
axial diffusion. The basic differential equations are the 
same as used by Van Deemter (29) and the solution is of 
the same form..The boundary conditions dc/dz = 0 and 
c = C = C, were found experimentally to hold as the 
top of the bed was approached. 

ortion com- 

phase as the bubbles and the attached upflowing small 
aggregates, the physical picture will bear a closer analogy 
to the actual behavior of the fluidized bed as indicated by 
the tracer experiments. 

Experimental measurements of the time-averaged phase 
concentrations conducted in this work indicated the exist- 
ence of a fully developed region about one bed diameter 
above the distributor. I t  was assumed that the velocity 
profiles are also fully developed in this region. 

Then if the dense hase is taken as that 
posed of the large fa P ling aggregates, and t R e dispersed 

It  is not possible to evaluate the parameters of the model 
with confidence. Nevertheless, utilizing the recent findings 
of bubble studies, we made calculations to estimate them 
at the lowest gas velocity used (0.1 ft./sec.) . The method 
of calculation consisted essentially of estimating the 
model’s six parameters ( f ,  F,  V, 0, E ,  and k) in the fol- 
lowing way: 

the downfalling 

gas (bubbles and the gas in the attached solids) F were 
estimated from the solids distribution measurements by 
assuming that the fraction of the particulate phase at- 
tached with the bubbles to form the dispersed phase oc- 
cupies a volume fraction equal to 0.7 of the time-averaged 
bubble volume fraction. This assumption is based on the 
recent finding from bubble studies indicating that the 
volume of the spout drifted in the wake of the bubble is 
about 0.7 of the bubble volume. 

2. The velocity of the dispersed phase gas V was esti- 
mated by assuming that it is equal to the bubble velocity, 
and that its radial rofile follows the same shape as that 

of 

a gregates, and k the mass transfer coe I cient between 

by assuming an approximate boundary condition at  the 
injection point, stating that all the tracer is injected into 
the falling aggregates, and fitting the axial tracer results 
to the mathematical solutions. 
4. From the calculated value of the velocity of the fall- 

ing aggregates at the center, the net velocity at the center 
of the gas in all the particulate ase was calculated by 

1. The volume fraction occupied b 
aggregates gas f and that occupied by t i e dispersed phase 

of the time-average B bubble volume fraction. 

the falling aggregates, E the eddy diffusivit of the fa r ling 

p a ases, were then estimated at the center. This was done 

3. The remaining three parameters, u the velocit 

assuming that the as in the soli Ih s attached with the dis- 
persed phase trave B s upward at a velocity equal to that of 

profile follows the same shape as that of t a e time-averaged 

the bubbles. The net velocities at locations other than the 
center were then estimated by assumin that its radial 

bubble volume fraction, and the velocity of the falling 
aggregate gas at various radial positions could therefore 
be calculated, 

5. The estimated eddy diffusivity at the center was 
found to be small and of minor effect on back-mixing 
compared with that of the velocity of the downfalling ag- 
gregates, and it was therefore neglected at all radial posi- 
tions other than the center. 

6 .  The mass transfer coefficient k at various radial 
positions was finally calculated by fitting the upstream 
tracer concentration results to the mathematical solutions 
of the model. 

The final estimated results of the model parameters are 
given in Table 3. It should be pointed out that these re- 
sults only illustrate the order of magnitude of the different 
parameters. 

TABLE 3. SUMMARY OF THE CALCULATED RESULTS OF THE 
MODEL PARAMETERS AT A SUPERFICIAL GAS 

VELOCITY OF 0.1 FT./SEC. 

Radial position, in. from center 

0 
a 0.15 
F 0.225 

0.525 
1.78 

f 
V 
0 0.107 
0 -0.05 
k 0.18 
E 0.0026 

- 

1 
0.14 
0.21 
0.54 
1.7 
0.10 

0.13 
-0.035 - 
- 

2 
0.12 
0.18 
0.565 
1.46 
0.077 
-0.019 
0.07 - 

3 
0.10 
0.15 
0.59 
1.07 
0.038 

-0.027 
0.12 - 

4 
0.06 
0.09 
0.64 
0.51 

-0.015 

0.58 
-0.05 

- 
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The following remarks are in order: 

1. Even though the estimated value of the eddy dif- 
fusivity at the center is very small compared to values 
reported in the literatures it is about twenty times the 
order of magnitude of the gas molecular diffusivity. 

2. The estimated values of the net velocity of all the 
particulate phase gas indicate that, although local down- 
flow occurs everywhere in the bed, the net value in the 
central region is positive (upward in direction) as it 
should. 

3. The mass transfer coefficient k provides some idea 
about the effectiveness of contact between phases, and its 
magnitude is very important from the standpoint of hetero- 
geneous reactions. Overall exchange coefficients between 
phases in fluidized beds have been reported in literature 
from chemical reaction studies (15, 23, 28) .  These can 
be related to the mass transfer coefficients estimated here, 
but they are not directly comparable, since the operating 
conditions (specifically from the standpoint of column 
diameter) are different. It was interestin to note that the 

are of the same order of magnitude as the ones esti- 
mated in this study. 

Comparison with Previous Tracer Studies 
Gilliland and Mason (15) were the only investigators 

who reported a steady state gas tracer study using the 
point source technique. The results of this work are not 
directly comparable with their results, since they used 

values of k calculated from Gomezp P ata’s data (15)  

small-diameter beds ( 1  and 3 in. I.D.) and 
amounts of tracer (averaging about 10% 
flow), in contrast with the trace amounts 
work (maximum injection rate of 0.045%). The lar e 

flow behavior of the bed, and the tracer was probably 
channeling in the injection region. 

The downstream concentrations reported in their work 
were higher than those of this study. Their upstream con- 
centrations were lower and did not exhibit any peaks. 
Their results were correlated with a single parameter, the 
eddy diffusivity of the gas phase, and they did not account 
in any way for the mass transfer between phases. 

CONCLUSIONS 
Gas back-mixing in a fluidized bed can be appreciable 

and is caused primarily b local solids downflow at every 

posed of large falling aggregates and the other of bubbles 
with attached upflowing aggregates, is consistent with the 
experimental observations. Estimated parameters for the 
model at low gas velocities were found to be reasonable. 
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NOTATION 

c a n d C  = tracer concentrations of the dense and dis- 

tracer rates used in their study probably disturbed t a e 

point in the bed. A mode r based on two phases, one com- 

persed phase gases, respectively 
= completely mixed or outlet gas concentration 
= time-averaged point solids concentration 
= fluctuating density component 
= solids settled bulk density 
= solids mean path concentration 
= equivalent bubble diameter 
= axial eddy diffusivity of the dense phase gas 
= volume fractions occupied by the dense and 

= gravitational constant 
dispersed phase gases, respectively 

k = mass transfer coefficient 
kl = constant 
K = constant 
L = absorber thickness 
2, = density mixing length 
N = power law exponent 
T = radial position 
R = column radius 
s 
u = superficial gas velocity 
uo = minimum fluidization velocity 
V b  
V 
v 
z 
OL 

aC = time-averaged bubble volume fraction at the 

a 

= dimensionless distance from the wall 

- 
= average rate of bubble rise 
= dispersed phase gas velocity 
= dense phase gas velocity 
= axial position from the injection point 
= time-averaged bubble volume fraction 

center - 
= area-averaged bubble volume fraction 
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